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Chicago, I l l i n o i s  
- r .  nigh-pressure hydrogasif icat ion i s  a vapor-phase, thermal hydro- 

genolysis process f o r  near ly  compleLe conversion of d i s t i l l a t e ,  crude 
and res:dual petroleum o i l s  to  f u e l  gases of high methane content .  
The  required hydrogen supply may be generated by c a t a l y t i c  steam re- 
f o m i n c  of a porLion of the product or by p a r t i a l  ox ida t ion  
or” f r e s h  o r  byproducL o i l  

i r 3 l e s  2nd feedstock proper t ies  on the  y ie ld  and composition of products 
of ‘nigh-pressure hydr;ogasification have been d i r e c t e d  pr iz .ar i ly  t c  the 
develc7cenc of a process f o r  producing gases of jOO-GOO B.t.u./SCF (SCF 
mfers t o  standard cubic f e e t  measured a t  GO??., 30 inches of aercury 
sSsolu:e pressure ,  and sz tura ted  with water vapor) ,  
I.n.s;iLuce of G-ls T e c h t ~ i n s l o ~ ~ ~ ’ ~ ~  has been i n  the  range  of operat ing 
c o n d i t i o n s  s u i t a b l e  f o r  prod= t i o n  of high-heating-value na tura l  &as 

Cases of about 903 3.t.u./SCF a r e  bes t  produced a t  hydrogen t o  o i l  
feed r a t i o s  corr;esponding appro:i ir i tely t o  the  s toichiometr ic  require-  
m n c s  f a r  aetnone formation. Lower f e e d  r a t i o s  r e s u l t  ir? excessive 
liqxid products forna t ion  and carbon deposi t ion,  and ’righer feed r a t i o s  
r e s u l c  i n  excessive bjdrogen d i l u t i o n .  3igh-heating-value gas produc- 
C ~ C I : ~  i s  also favored 5y hign pressures  and lorig residence times. mi- 
c.1 o?erat ing condi t ions f o r  a f l o v  r e a c t o r  a r e  1400’F. maxiinum tem- 

secczds  f o r  par i f f i ,n ic  o i l s  50 severa l  hundred seconds f o r  5he less 

e’couc l i 3  7 ~ 5 .  $ of che f’eedszock i s  converted to  l l q u i d  praducts con- 
-is ~ i n g  of lo:I-boiiinT a r o n a t i c  hydrocarbons. 
p i - o d ~ c ~ i ~ ~ ,  substantially 1o:ler p x s s u r e s  and residence times, and 
ni$iei7 Leapmatures and hydr.ozen feed r a t i o s ,  can be employed .3 

processes i s  c o n x o l  of carbon deposi t ion.  The t v o  continuous pr.ocesses 
curre!-tly being developed f o r  Fluid feedstocks use d i f f e r e n t  methods of 
over.conin5 cne normal carbon-forming Lendencies of  c m d e  and r e s i d u a l  
o i l s  6 u ~ i n g  hydrogenolysis. The E r i t i s h  Gas C o u n ~ i l l ’ ~ ’ ~  has used a 
f lu id ized  coke bed reac tor  t o  nandle carbon l a y d o m  of  somewhat l e s s  
than one-half of the  Conradson carbon res idue  of the  feedstock.  I n  the  
vork descr i3ed here ,  crude or r e s i d u a l  o i l s  w e r e  first subjected t o  a 
pretreatment  s t e p  e s s e n t i a l l y  equivalent  t o  many of t h e  hydrocracking 
processes now under deve lopment .2~8~15 Pretreatment over c o m e r c i a l  
cobal t  molybdate hydrogenation c a t a l y s t  ‘at 850°F. and 1500 p . s . i . g . ,  
converted these feeds t o  products with e i t h e r  n e g l i g i b l e  o r  g r e a t l y - r e -  
duced Conradson carbon residue,  and with s u b s t a n t i a l l y  lower C/H Wight 
r a t i o .  
poss ib le ,  the  higher-boi l ing f r a c t i o n s  contains-g the  carbon-forming 
cons t i tuents  were separated before  charging t o  the  hydrogas i f ica t ion  
r e a c t o r .  

Stildtes by.Dent and o t h e r ~ l ’ ~ ’ ~  of t h e  e f f e c t s  d operat ing var- 

York done a t  t h e  

suos t i t u ’e s .  

pera ‘-. b L ~ e ,  1-7 1500 p.s.i.g., and residence times ranging from about 1 0 0  

Ti?- _ ~ , c ; i v e ,  higher C,’X ;ie-iZkit r a t i o  o i l s ;  under these condi t ions,  only 

I n  low-heating-value gas 
b- 

. .  
,The m j o r  provlen i n  operat ion of high-pressure hydrogasif icat ion 

Wnen complete conversion i n t o  a d i s t i l l a t e  product was not  
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APPARATUS AND PROCEDUi 

The apparatus comprised hydrogen ard o i l  feed systems, prehydro- 
gena t ion  and hydrogas i f ica t ion  r e a c t o r s ,  product l i q u i d  recovery 
sec t ions  and a product gas m e t e r i s  system. 
presented i n  a prel iminary s tudy.  

Hydrogen was fed from s t o r a g e  cy l inders ,  replenished a t  i n t e r -  
v a l s  by compression of commercial-grade cy l inder  hydrogen. O i l  was 
fed  from a weigh vesse l  through a rec iproca t ing  proportioning pump. 
I n  a l l  runs,  o i l  and hydrogen were mixed and introduced a t  room t e m -  
pera t u r e  . 

The downflow prehydrogenator f o r  crude and res idua l  o i l  pre- 
treatment was constructed of Type 316 s t a i n l e s s  s t e e l .  I t  was 5-3/': 
inches i n  outs ide diameter,  j inches i n  i n s i d e  diameter,  and 40 inches 
i n  i n s i d e  length,  and was equipped a t  both ends wi th  Autoclave Zngin- 
e e r s  s e l f - s e a l i n g  c losures .  A themowell ,  3/8 inch i n  outs ide  diameter,  
extended concent r ica l ly  i n t o  the  r e a c t o r .  I n  some runs,  t h e  prehydro- 
genator  i n s i d e  diameter was reduced t o  2 inches by i n s e r t i o n  o f  a 
stainless s t e e l  s leeve,  35 inches i n  length .  

Vnen t h e  fu l l  volume of  the prehydrogenator was employed, the  re- 
: a c t a n t s  were passed through a 19-inch preheat zone of 3/3-'Lnch diaineter 

p e r i c l a s e  spheres before  e n t e r i n g  the  16-inch c a t a l y s t  j e d ,  composed o f  
equal  volumes of l/B-inch t a b l e t s  of a commercial cobal t  molybdate on 
alumina c a t a l y s t  and l /8-inch fused alumina p e l l e t s ,  r a n d o d y  mixed.  
:,/hen the s leeve vas used, a 20-inch c a t a l y s t  bed composed of undiluted 
1/8-inch cobal t  nolybdate t a b l e t s  was located i n  the  center  o f  the  
r e a c t o r  above a 9-inch zone f i l l e d  w i t h  3/8-inch diameter p e r i c l a s e  
spheres.  The Yeported feed o i l  space ve loc i ty  f o r  d i lu ted  c a t a l y s t  ;,;as 
based on the sum of the volumes of c a t a l y s t  and fused alumina charged 
(0.0353 c u . f t .  each);  for undiluted c a t a l y s t ,  i t  was based on a c a t -  
a l y s t  charge volume of  0.0353 c u . f t .  

The dowaflow hydrogas i f ie r  was constructed of 19-9i.L a l l o y .  It 
was 6 inches i n  outs ide  diameter ,  3 inches i n  i n s i d e  diameter,  and 35 
inches i n  i n s i d e  length .  A 3/8-icch diame2er thermovell exterided i n t o  
t h e  r e a c t i o n  zone. The v e s s e l  was equipped a t  the  t o p  with 3n Auto- 
c lave  Engineers s e l f - s e a l i n g  closure;  t h e  bottom consis ted of an in-  
t e g r a l  water-cooled t a i l p i e c e ,  which vas sealed wi th  a simple gasketed 
c losure .  I n  some of the tes ts ,  a s leeve s i m i l a r  t o  t h e  one used i n  the 
prehydrogenator vas i n s e r t e d  t o  reduce the i m i d e  diameter t o  2 inches.  
For  both the prehydrogena t o r  and hydrogas i f ie r ,  high-pressure conden- 
ser -separa tors  vere provided, frornwkich gases were continuously re- 
covered and l i q u i d s  i n t e r n i t t e c t l y  removed. 

A 100 c ~ . f t , / h r .  v e t - t e s t  meter ;ias used t o  measure product gas 
flow r a t e s .  A proport ional  sample of product gas vas co l lec ted  i n  a 
va te r -sea led  holder for a n a l y s i s .  

Reactor temperatures were sensed by Chromel-Alumel thermocouples, 
and pressures  3y Bourdon tube  gages. Temperatures %rere measured and 
recorded by meeans of a potent iometer  s t r i p - c h a r t ;  , reac tor  and o r i f i c e  
pressures  were a l s o  recorded.  

operated simultaneously,  w i t h  t h e  e n t i r e  e f f l u e n t  from t h e  prehydro- 
genat ion s t e p  passing t o  t h e  hydrogasif ier .  However;, t h e  p e r i d s  of 
adequate c a t a l y s t  performance a t  the high temperatures required f o r  
complete removal of carbon-forming mater ia l s  from r e s i d u a l  and low-&rade 
crude o i l s  were l i m i t e d  by c a t a l y s t  carbon deposi t ion.  Consequently, 
it appeared more p r a c t i c a l  t o  opera te  t h e  prehydrogenator a t  l e s s  
severe condi t ions,  and t o  s e p a r a t e  any high-boiling, asphaltene-contain- 
i n g  mater ia l s  from the  hydrogas i f ie r  - feed. This was simulated by pre-  

A flow sheet  'has been 

I n  i n i t i a l  t e s t s ,  t h e  prehydrogenator and hydrogasif ier  vere  
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hydrogenation, d i s t i l l a t i o n  of the  l iqu id  prod= ts ,  and hydrogasifi-  
ca t ion  of the 0O-36O0C. f r a c t i o n .  The hydrogen t o  o i l  feed r a t i o  t o  
the hydrogasif ier  was adjusted t o  account f o r  t h e  hydrogen consumed 
i n  prehydrogenation. 

Product gases ,  and 0°-1600c. f r a c t i o n s  of product l i q u i d s ,  were 
analyzed w i t h  a Consolidated Engineer iw Co. Model 21-103 mass spec- 
trometer. Other analyses were conducted i n  accordance wi.th standard 
ASTN methods, with t h e  following exceptions : prehydrogem t o r  product 
l i q u i d  500-gram d i s t i l l a t i o n s  were car r ied  out a t  atmospheric pressure  
using a procedure s i m i l a r  t o  ASTM Method D116G-56T;14 carbon and hydro- 
gen u l t imate  analyses were rade by combustion t r a i n ,  w i t h  the  Grace 
and Gauger modification7 of ASTN Method D271-44. 

Spec i f ic  g r a v i t i e s  and i d e a l  gas hea t ing  values were calculated 
from gas ana lyses .  Feed and product gas volumes and heat ing values 
were calculated a t  conditions of 60'F., 30 inches of 32'F. mercury 
absolute  pressure ,  sa tura ted  with water vapor. Spec i f ic  g r a v i t i e s  
were computed from the  average molecular weight of the dry gas ,  ard 
were based on a i r  of molecular weight 28.97. 

PROCESS CHARACTEXISTICS 

Selected prehydrogenation and hydrogas i f ica t ion  r e s u l t s  f o r  
cypical feedstocks a r e  shown i n  Tables 1-3 t o  i l l u s t r a t e  t h e  char- 
a c t e r i s t i c s  of t h e  process under the prefer red  opera t ing  condi t ions.  
The premium feedstocks,  kerosine and d i e s e l  o i l ,  required no pre- . 
treatment before hydrogasif icat ion.  The p r o p e r t i e s  of Aruba reduced 
crude were s u f f i c i e n t l y  improved by prehydrogenation t o  permit use 
of the t o t a l  product o i l  a s  hydrogas i f ica t ion  c'harge s tock.  The 
r e l a t i v e l y  low-grade Tapari to  crude o i l  s t i l l  nad a s u b s t a n t i a l  Con- 
radson carbon r e s i d u e  a f t e r  prehydrogeration, so t h a t  only the  oo-36o0c. 
d i s t i l l a t e  f r a c t i o n  was used a s  hydrogasif icat ion charge s tock.  Re- 
cycle of the residue f r a c t i o n  t o  e f f e c t  f u r t h e r  conversion to  d i s -  
t i l l a t e  was found to  be p r a c t i c a l .  Prehydrogenation r e s u l t s  f o r  Bos- 
can crude o i l  a r e  a l s o  shown to  i l l u s t r a t e  t h a t ,  a f t e r  f r a c t i o n a t i o n ,  
an acceptable  hydrogasif icat ion charging s tock  could be obtained from 
a c r u d s  o i l  feedstock t y p i c a l  of the lowest grade s u i t a b l e  for the 
process.  The prehydrogenation condi t ions used i n  obta in ing  t h e  data  
of Table 2 were determined t o  give p r a c t i c a l  on-stream periods of the  
comerc ia1  c a t a l y s t  used. 

Table j shows the  hydrogasif icat ion r e s u l t s  of t h e  d i s t i l l a t e  
and prehydrogenated o i l s  a t  about 1400'F. maximum r e a c t i o n  temperature 
and nydrogen t o  o i l  Teed r a t i o s  comesponding t o  the  s toichiometr ic  re- 
quirements f o r  methane formation. The d i s t i l l a t e  o i l s ,  and the  Go-36O0C. 
f r a c t i o n  of t h e  prehydrogenated Tapari to  crude o i l ,  d i d  not give carbon 
deposi t ion i n  t h e  hydrogasif ier ;  the wehydrogenated k u b a  reduced 
crude charge, which had a Conradson carbon r e s i d u e  o f  0 .41 w t .  $, d i d  
give a small carbon depos i t .  This suggests  t h a t  even small  amounts of 
object ionable  high-boi l ing f r a c t i o n s  i n  t h e  prehydrogenated o i l  should 
be removed t o  ensure carbon-free hydrogasif ier  operat ion.  

&cause of t h e  high r e a c t i v i t y  associated with i t s  low C/H weight 
r a t i o ,  kerosine gave r e s u l t s  comprable  t o  those of t h e  o ther  feedstocks 
a t  considerably less severe condi t ions;  keros ine  produced approximately 
900 B.t.u./SCF gas o f  high methane-plus-ethane content  a t  500 p.s  . i .g.  
and approximately 50 seconds residence t i m e ,  vhereas t h e  o t h e r  f'eed- 
stocks required a pressure  of 1500 p . s . i . g .  a t  a res idence t i m e  of 
approximately 300 seconds. The r e l a t i v e l y  high ethane content of the  
product gas from kerosine i s  t y o i c a l  of opera t ion  a t ,com a r  t i v e l y  
short  res idence times w i t h  para?f in ic  (low C / H  weighr; ra?ioT charging 
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Table 1. -PROPERTIES OF DISTILLATE OIL, FEEDSTOCKS 

Feed o i l  designation 
Specific gravity 
60O~. /60O~. 
O A P I  ' 

Viscosity, centistokes at 100°F. 
Ultimate analysis, u t .  ,% 

Carbon Fa?*n 
Ash 

Carbon/hydrogen w t  . ratio 
Distillation (ASTM D158-41), OF. 
Initial boiling point 
le% 

7% 

9@ 
80% 

End point 
Distillation residue and loss,a% 
Heat of combustion, B.t.u./lb. 

Kerosine 

44.2 
n.d. 

85.88 
14.05 
0.04 
n.d. 
6.11 

0.805 

466 
413 
42i 
429 
439 
450 
470 
518 

2 
19960, 

Diesel O i l  

0.838 
37.3 
2.862 

86.27 
13.50 
0.30 
0 .ooo 
6.39 

. 382 
452 
470 
486 
497 
507 
520 
536 
554 
580 
639 
2 

19730 

'I 

?Estimated from Reference 9. 
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Table 3.-HYDROGASIFICA!i'ION OF DISTELATE O I L S  AND 
PREKDROGENATED CKUDE AND FESLDUAL OILS 

Feed oil designation 
Run No. 
Oil rata, l b .  C/hr. 

of stoichiometrica 

Pressure, p . s . i . g .  
Temperatup, OF. 

Residence time sec.d 
Hydrogen cons&tlon, SCF/lb. 
Froduct recovery, wt. % of oil 
Product dlstribution, % 

AWI%ge 
Maximum 

+ hydrogen fed 

Gas 
Liquid 
Carbon 

Product gas yield, 
SCF/lb. 
~m/cu.ft. reactor-hr. 

Net thermal recovery, p 
Product gas pmperties 
Compsition, mole 5 
Nz + CO + CO. 
Hz 
c.5 c ZHe 
CSHe 
1-Butane 
Olefins 
Bnzene 
Toluene 
Total 

Heatlng value, B.t.u./SCF 
Specific pavity (air = 1) 

Total Oo-36O0C. Fraction 
. Prehydrogenated of Prehydrogenated 

Kerosine Mesel Oil Aruba Reduced Crude Tamrito Crude 
--mi- ug 
3.06 - f?50 1.50 

98 .o n .6? 
500 

1325 
1400 
51.0 
16.2 

103 - 5 

88.9 
11.1 
nil 

29.58 
90.4 

0.8 
38 .a 
40.5 
17 .I. 
0.4 
0.1 
1.0 
1.2 
0.1 m 
909 

0.495 

726.9 

99.9 
29.51 
1500 

1335 
1395 
301 
22.3 
101.7 

93.2 
6.8 
nil 

30.19 
362.8 
88.9 

0.4 
23.8 
69 -7 

5 . 3  

0.1 
0.7 

-- _- 

I m f i  
893 

0.482 

99-5 
31.13 
1500 

303 
23 -9 
99 .o 
91.1 
0.2 

29.20 
353.1 
80.1 

1.2 
24.7 

:.E5 

a -7 

69.7 
3.4 -- _- _ _  
1.0 

To75 
872 

0.478 

aStoichiometric for complete conversion of C + H Ln feed oil to wthana. 
%sed on average of temperatures measured at centers of three equal zones. 
CInterpolated value. 
dPased on dry product &es vulume a t  reactor pressure and average tes-.x?;ure. 
%Zct of combustion of Product ms - haat of combustion of feed hydroaen 

heat of combustton or feed oil 

100.3 
30.54 
1500 

1305' 
1395 
319 
22.6 

97.2 
91.0 
9.0 
nil 

29.28 
3 4.2 
30.1 

0.4 
27.2 
66.2 
5.4 
0.1 

0.7 

-- -- 

Tim5 
868 

0.466 

\ 

\ '  
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stocks.  The condi t ions employed f o r  d i e s e l  o i l ,  a l s o  a highly reac-  
t i v e  ma t e r i a l ,  a r e  somevhat more severe than required f o r  produc t'ion 
of a na tura l  gas s u b s t i t u t e ;  s a t i s f a c t o r y  r e s u l t s  have been obtaiced 
a t  approximately t v i c e  t h e  feed r a t e  (one-half  the residence time) 
than t h a t  employed i n  the  test reported i n  Table 3 .  

feedstock,  and cended t o  increase  v l t h  the  C/X iveight r a t i o  of the  
feedstock a t  comparable o2ekating condi t ions.  The conversion e f f i - .  
ciency of the process i s  ind ica ted  by net  thermal recover ies  O f  approx- 
i m t e l g  20 t o  906 under t h e  ty-pical process condi t ions of Table 3 ;  
;his parameter i s  a ineasure of t h e  f r a c t i o n  of the heat  of combustion 
i n  t h e  feedstock which i s  recovered i n  the product gas. 

Liquid product fornat',on vas on the order  of 1 0  wt. of the  

ZFFECTS OF PROCESS VARIAZLES 
7' ine  ~ o s t  e f fecc ive  cont ro l  over hydrogas i f ica t ion  product d i s -  

t r i j u t i o n  con be exerted wich the  hydrogen t o  o i l  feed r a t i o .  Tab le  4 
shovs t h a t  an increase i n  hydrogen feed r a t i o  from 50 t o  1005 of  
s t o i z h l o n e t r i c  reduced carbon formation from d i e s e l  o i l  from about 125 
or c k  t o t a l  veighz of o i l  and hydyogeen f e d ,  t o  e s s e n t i a l l y  zero; t h i s  
:[as sccozgonied by a s ign i f icant -  decrease i n  l iqu id  products f o m a  t ion .  
Sx.version t o  gas increased correspondingly.  Yne gaseous prod,uct d i s -  
tri3u.iior-i ( 2 i g w e  1) a l s o  changed considerably a s  1002 of s toichiometr ic  
feed r a c i c  vas  approached, sho1ving an  abrupt increase  i n  hydrogen break- 

: 

azd a more gradual incyease i n  ethane y i e l d .  
505 of s to ich iometr ic  feed r a t i o ,  there  vas l i t t l e  change i n  
pi-oduct d i s t r i b u c i o n  with increases  i n  r e a c t o r  pressure s i n c e  

ie eqi?imisr re thane-ethane-:riydrogen system was c l o s e  t o  equi l ibr ium 
a2 :he long residence times ecploged. 
feed r a s i c ,  ti= h igh  ethape y i e l d s  c h a r a c t e r i s t i c  of a l i p h a t i c  and 
a i i c j - c i i c  iiydrocaroon hydrogenolysis systems uere  obtained,  and the 
i lgdr~gen iutl l ized f o r  methane forination increased considerably v i t h  in -  
creases  -iii. m e s s u r e  and corresponding increases  i n  res idence time. 

Tr;e ab6ve r e s u l t s  r e f l e c t  the t r a n s i t i o n  froin c o n t r o l  by pyro lys i s  
reac t ions  a t  the  la.iest feed ratio, t o  cont ro l  by hydrogenolysis reac-  
cions a: che highest  feed r a c i o .  Tne l i q u i d  products  a l s o  r e f l e c c  t h i s  
:Tarsitic?.. The p m p o r t i o n  of benze7-e i n  the liquid products incr;easea 
v e o i l T 7  x i c h  f e e d  r a t i o ,  v h i l e  che propor;tion of higher-%ail ing a r o m t i c s  a- J .  vas  grea z l y  i-educed . 

FLsure 2 c o r r e l a t e s  gaseous product y i e l d s  from diesel  o i l  with 
residence ticie, a t  approximitely 100% of s t o i c h i o n e t r i c  feed r a t i o .  I t  
czn be seen t h a t  a t  res idence t i n e s  s u f f i c i e n t  f o r  completicn of t h e  
p r i n w y  g a s i f i c a t i o n  reac t ions  a s m i c a  ted by near ly  constant  net  g a s i f i -  
cation(z.%reiqht of product gas less veight  of feed hydrogen, both per  u n i t  
weight of feed o i l ) ,  the gaseous product d i s t r i b u t i m  vas not a f fec ted  
Py pressure over the 500-1700 p.s.i.g. range. T h i s  i s  c h a r a c t e r i s t i c  
of operat ing condi t ions ,vhere gas composition i s  pr imar i ly  determined 
by t h e  secondary, low molecular veight  p a r a f f i n  hydrogenolysis reac t ions  : 
Cn &n;~ + HZ +CH+ + Cn-1 Han, which appear t o  be pressure  i n s e n s l t i v e .  

F w t h e r  i n s i g h t  i n t o  t h e  na ture  of the  hydrogenolysis reac t ions  
can be gained from the da ta  of Table 5 on the e f f e c t  of temperature on 
conversion of the O0-3OO0C. f r a c t i o n  o f  prehydrogenated Tapari to  crude 
o i l .  Stoichiometr ic  hydrogen feed r a t i o  and 1500 p . s . i . g .  were employed, 
and the diameter of the hydrogas i f ie r  was reduced t o  2 inches t o  permit 
b e t t e r  temperature cont ro l  over a 1100°-14000F. range a t  four-fold 
var ia t ions  i n  o i l  feed r a t e .  Feedstock conversion t o  gas increased 
g r e a t l y  with increases  i n  temperature,  and increased only  s l i g h t l y  with 
increases  i n  res idence t i m e .  Low conversions t o  gas were accompanied 
by corresponding increases  i n  l i q u i d  products a d  s u b s t a n t i a l l y  lower 

A t  75 and IO@ of s toichiometr ic  

, .  
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Table 4.-EFFECTS O F  HYDROGEN FEED MTIO AND PREssm 
ON HYDROGASIFICATION OF DIESEL OIL 

Mrax. Temp.: 1j95°-14200F. O i l  Feed Rate: 1.47-1.54 Ib. C/hr. 
Reactor Dimensions: 3 in. Ins ide  Diameter, 0.145 cu.13. 

Pressure, p.s.1.g. 500 1000 1400 

5 of stoichlometric 50.0 75.0 100.1 51.6 73.2 100.4 4@ 73.7 99.9 
Residence time, sec. 153 131 99.5 aa 25h 196 375 301 

Ga s 72.3 85.7 90.4 76.2 86.5 90.8 76.6 88.5 93.2 
Liquid 15.9 12.1 9.6 11.5 12.2 9.2 11.2 9.7 6.8 
Carbon 11.8 1.2 nil 12.3 1.3 nil 12.2 1.8 nil 
0 -?LO C. frectiE 

';;t. 5 of total 45.6 54.9 62.4 52.8 54.2 75.4 49.1 58.5 82.4 
Bnzene content, mole 5 81.9 83.2 89.8 84.2 83.1 92.4 85.6 84.2 94.8 

160°C.-plus fractton 
Xt. 5 sf total ~ 53.1 44.4 36.6 46.1 45.1 23.4 49.9 40.4 16.5 ~ r i  vt. ratio 16.19 15.05 14.49 16.16 16.10 14.98 16.01 16.11 1h.57 

Hydrogen feed ratio, 

Product distribution, $ 

Progu gquld pro rtles 

r7 iable j.-EFFECTS OF REACTOR TEMPERATURF: AJLD O I L  t'EED FXPB 
O N  iZYDROGBiFICATiON OF 0 ~ - 3 6 0 ~ C .  FRACTION 

OF PREHYDROGEXATZD TAPAKLTO CRUDE 

Feed Ratio: 98.0-102.5g6 of s to ich iometr ic .  Pressure: 1500 p . s . i . g .  
Reactor Dimensions: 2 i n .  i n s ide  Diameter, 0.0644 cu.ft. 

Feed rate, lb. c/hr. 1.33 0.67 0. j4 
Residence time, sec. 150-190 290-3 0 620-750 
!;oximurn temperature, O?. 1100 1300 1kOO d 1100 1300 1400 
Product distribution, 6 
Ga 3 75.2 86.2 89.9 75.1 87.1 91.9 79.1 29.2 92.3 Liquid 24.8 13.8 10.1 24.9 12.9 8.1 20.9 10.8 7.7 Carbon nil nil nil nil nil nil nil n i l  n i l  

a, 21.8 14.3 9.7 20.9 14.3 9.1 17.3 10.6 6.2 
nt 4.1 10.9 18.7 5.2 12.7 20.3 5.9 15.0 21.6 

1.3 -- -- 1.1 -- -- C3He 
O t h e r  0.7 0.2 0.3 0.4 0.1 0.2 0.2 0.1 0.2 

0°-1600c. fraction 
!.it. $ of total 41.7 70.1 72.3 119.3 66.4 71.1 59.6 68.6 81.0 
bnzene content, mole $ 31.7 92.7 94.9 52.2 91.0 94.4 71.5 95.4 94.9 

lus  fractlor. 
of tote1 56.8 29.2 26.3 49.1 32.3 27.8 37.8 30.4 17.6 

ch i  wt. ratio 10.66 13.90 15.53 11.96 13.94 15.74 14.58 15.83 15.60 

Gaseous product ylelds, SCF/lb. 

C2Hs 2.7 5.1 1.8 3.3 4.5 1.1 3.7 3.3 0.5 
1.5 0.1 -- 

Product llquid properties 
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Figure 2.-EFFECTS OF RESIDENCE TIME 
ON GASEOUS PROWCT YIELDS FROM DIESEL O I L  
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aromat ic i ty  of  these  l i q u i d  products .  This was p a r t i c u l a r l y  evident 
i n  the highest  feed r a t e  run ( s h o r t e s t  res idence  t i m e )  a t  llOO?., 
where a s u b s t a n t i a l  breakthrough of  unreacted o r  p a r t i a l l y  converted 
feedstock was ind ica ted  by the  loii C/H weight r a t i o  o f  t he  higher- 
bo i l i ng  f r a c t i o n  of the  l i q u i d  products ,  ard t h e  low ’oenzene content  
of the lower-boilin& f r a c t i o n .  

The gaseous groduct d i s t r i b u t i o n s  i n  Table 5 c l e a r l y  show the  
sequence of paraf f in  hjdrogenolgsis r eac t ions  l ead ing  to the  forizat-ion 
of pLethane a s  the  u l t imate  product. A t  llOO°F., e thane formation was 
still increas ing  toward i t s  optimum value wi th  increases  i n  res idence 
time, whereas a t  1300’ and 1400’F., e thane formatton had passed i t s  
optimrn. A t  l i O O ° F . ,  propane formation hac? a l s o  passed i t s  optimum 
within the range of residence times inves t iga t ed .  These t rends a r e  
coxFnrable with the  r e s u l t s  of previous batch r e a c t o r  tests with low 
molecular ;.:eight p a r a f f i n  hydrocarbons which ind ica ted  t h a t ,  a s  t e m -  
pera ture  i s  increased,  fiiaxiaa i n  propane and ethane y i e l d s  a r e  ob- 
tained a t  approximately 1075O and 1200°F., respect ively.’* 

IN’iEEC-RAL PROCESS CONCEPTS 

T7.m hydrogen production schenes appear t o  be f e a s i b l e  f o r  app l i -  
ca t ion  i n  311 in tegra ted  hydrogen production-prehydrogenation-hydro- 
g a s i f i c a t i o n  process f o r  conversion of crude and r e s idua l  o i l s :  

1) Cata ly t ic  steam reforming of a po r t ion  of zhe product gas ,  v i t h  re- 

2 )  ? a r t i a l  ox ida t ion  (Texaco process4)  of prehydrogenator recyc le  o i l .  

T‘r.e florr diagrams of Figures 3 and 4, showing ma te r i a l  requirements 
1- 0 p a l l  streams, a r e  based on the  product ion o f  1 mi l l i on  SCF/hr. ne t  
p i2e l ine  c o s  from Tnpnrito crude o i l .  A t h i r d  i n t e g r a l  process  con- 
cept ,  not presented,  r~rould be a u t o t h e m i c  c a t a l y t i c  r e f o m i n g  of 
p ~ o d u c ~  gas vith steam and oxygen. 

I n  I.’igure j ,  the process  gas feed supply f o r  conventional ca t -  
e l y t i c  s team I;eforming i s  provided by an  i m r e a s e  i n  hydrogas i f ica t ion  
ci?,ocicy of about $7:: above t h a t  required f o r  the ne t  product gas y i e ld .  
Fuel requirenents  f o r  re forn ing  a r e  supplied v i t h  a po r t ion  of the  pre-  
h::.-dru?Sena >or recyc le  a i l .  

When p a r t i a l  ox ida t ion  of prehydrogenator recyc le  o i l  i s  used f o r  
hydrogen product ion (F igure  4), somewhat less f e e d  o i l  i s  requi red  and 
byproauct aromatics product ion and prchydrogenation and hydrogasif ica-  
t i o n  du t i e s  are s u b s t a n t i a l l y  reduced. Further, compression cos t s  are 
considerably lower, s ince  less make-up hydrogen and recyc le  hydrogen 
are used, and the pressure  l e v e l  of the hydrogen supply i s  higher  
(about 400 p . s . i . g .  compared t o  about 100 p . s . i . g .  f o r  the  reforming 
scheme). However, 276,000 SCF/kr. of oxygen must be suppl ied  from an 
ex te rna l  source. 

In the computations f o r  Figures  3 and 4 ,  a c t u a l  data from Runs 80 
ana 89 (Ta’des 2 and 3 )  were employed for the  prehydrogenation and 
5ydrogas i f ica t ion  s t e p s .  Published da ta  f o r  the Texaco p a r t i a l  oxida- 
t i on  s t e p  ilere used.* P r a c t i c a l  opera t ing  feed r a t i o s  of 3 moles of 
s tem per  mole of carbon t o  t’ix reforming ana s h i f t  s t eps  i n  Figure 3 ,  
and 2 moles of steam per  inole of  CO t o  the  s h i f t  s t e p  i n  Figure 4 ,  
were e a p l ~ y e d . ” ~ ~  For s impl i c i ty ,  complete conversion i n  the reform- 
ing  and s h i f t  s t e p s ,  and conplete  removal of COa were assumed. Other 
assur.gtions made i n  these  ca l cu la t i ans  a r e :  s a tu ra t ed  steam i s  a v a i l -  
ab le  a t  200 p . s . i . a .  through waste heat  recovery; f r e s h  crude o i l  en- 
ters a t  77PF.; reforming and prehea t  furnaces  a r e  7 j$ e f f i c i e n t .  

Assum-LnE: c o s t s  of $2.50/barrel of feed crude o i l  and $6.00/ton of 
oLuygen, and a crude aromatics  byproduct c r e d i t  of 1 0  cents /gal lon,  ne t  

foim.er f u e l  requirements suppl ied by prehydrogenator recyc le  o i l .  
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ROD. GAS 472 MCF/HR. CRUDE OIL 64,000 LWHR. 

STEAM 

M C F = 1 0 3 S C F ,  I W C F = 1 0 5 S C F  

In, lb./hr. Out, lb./hr. 
O i l  64,000 Product Gas 35,000 
S t e a m  53.900 C O 2  43,900 

Crude Aromatics 5,330 
117'90c O i l  f o r  R e f .  Fuel 10,200 

O i l  f o r  Prehydrog. Preheat 4, 700 
Water 18,000 
Loss 770 

117 > 900 

Figure 7.-HYDROGEN PROWCTION By 
CATALYTIC STE;2M EZEFORMTmG OF PROWCT GAS 
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STEAM 8500 LWHR.  C E  

02 276 MCF/HR. 

1 

IE OIL 58,900 LB./HR. 

I LBJHR. 

I C R ~ D E  
AROM. 

3620 LB./HR. 

MCF=103SCF, MMCF=lOsSCF 

In, 1 b . b .  out, Ib./hr. 
Oil 58,900 Product Gas 35,000 

Stezm to Texaco 8,500 Crude Aromatics 3,620 
02 22,900 CO2 67,600 

Steam to Shi f t  51,400 Carbon from Texaco 680 
141,700 Water from Texaco 4,800 

Water from Shift 25 , 700 
Oil f o r  
Preh-gdrog. Preheat 3,200 

Los 9 1,100 
141,700 

Figure 4.-HYDROGEN PRODUCTION By PARTIAL OXIDATION OF WWCLE 

J 

i 
I I 
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m a t e r i a l  c o s t s  of 55 and 60 cents /mil l ion B.t .u.  ne t  product gas were 
computed f o r  the  schemes of Figures  3 and 4 ,  respec t ive ly .  No es -  
t imate  of o t h e r  operat ing c o s t s ,  o r  of investment c o s t s ,  can be offered 
a t  t h i s  t ine.  
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